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MAPKOBCKASI MOJIEJIb TEPHOJINYECKOM CYIIKH YACTHUIl B KOHUYECKOM
HHCEBJOOXHNKEHHOM CJIOE

ILlenvto uccneoosanus saenaemcs papadomra mMooeau 01 ORUCAHUA 2UOPOOUHAMUKU,
menio- u Macconepenoca 8 KOHUUECKOM HCEEO00MCUNCEHHOM Cll0€ ¢ YaACHUUAMU, Y KOMOPbIX
3HauUmMenvHo MeHamea ceoiicmea. Illpednazaemasn modenv nocmpoena Ha 0CHOGe MeopuUlU Ye-
neii Mapkosa, a moHoppakyus KyouKoe 61a)xcHo2o Kapmogena ucnonv3yemcs KaKk MooeabHulii
mamepuan. Cocamue oopazuoe kapmodghens 6 npouecce CywKu 0ulio yumeHo, Ymoodvl nO8bICUNb
aoexeamuocms mooenu. Takum odpazom, mpu HoGvIX hakmopa, Komopule 61UAIOM HA NPoOYecc,
APUHAMbL 60 6HUMAHUE: USMEHEHUE PACXOOHOI CKOPOCHU 2A3d NO 8bICOME PeaKmopa u3-3a e2o
KOHUYeCKoul (popmbl, uzmenenue maccol uacmuy 061a200apa cyuike u uUsIMeHeHue paimepa ua-
cmuy u3-3a ux cocamus. Cnoit npedocmagien 06yma nApaAIIeAbHLIMU UENAMU AUEEK UOeATbHO20
nepememiuganun: 00HAa yenv 01 Yacmuy u Opy2as yend 014 CyuiuabHo20 2a3q. I60a10yusa pac-
npeodenenusn yacmuy no ceoeil yenu ONUCana Mampuyell NepexoOHbIX 6ePoOAMHOCell, Komopasn
3aeucum om meKyuiezo COCMoAHUSA Yenu U mMenaemcs c meuenuem epemenu. Tenno u maccone-
PeHOC Mexcoy AuelKamu 00eux coCeoHux ueneii ONUCAHbl 0ObIYHLIMU YPAGHEHUAMU MEna0 U
maccoomoauu. Modenv nozeonsem npozHO3uUpPosams KUHEMUKY CYWIKU, ecli U36eCHHbl KOIG-
duyuenmovt menno u maccoomoauu. CoomnouieHus 011 paciema KoIhduyuenma apoouna-
Muyeckozo conpomuenenusn wacmuy, yucen Hyccenoma u Illepgyoa u koagppuyuenmos cica-
musa u oughysuu 3aumcmeosanst u3 aumepamypsl. Mooenv eepuhuyuposana na nabopamop-
HOII CyHiUIKe NCEBO0OHCUNCEHHOZO0 €105 C KOHUYeCKou hopmoii peakmopa. Ilonyueno xopouiee
cognadeHnue pacuemuvlx U IKCHEPUMEHMATbHBIX OAHHBIX.

KuloueBble c10Ba: IceBI00KIDKEHHE, 1IeNTb MapKoBa, BEKTOP COCTOSHHSI, MAaTPHUIIA IIEPEXOTHBIX Be-
POSTHOCTEH, CyIIKa, COIEP)KaHUE BIIATH, KHHETHKA
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MARKOV CHAIN MODEL OF PARTICULATE SOLIDS BATCH DRYING IN A CONICAL

FLUIDIZED BED

The objective of the present study is to develop a model to describe the hydrodynamics,
heat and mass transfer in a conical fluidized bed with particles of strongly variable properties.
The proposed model is based on the Markov chains approach, and the wet potato mono-sized cu-
bes are used as the model material. Shrinkage of potato samples during the process of drying is
taken into account to improve the adequacy of simulation. Thus, the three new factors that influ-
ence the process are taken into account: variation of the superficial gas velocity over the bed
height due to its conical shape, variation of particles mass due to drying and variation of particle
size due to its shrinkage. The bed is presented as two parallel chains of perfectly mixed cells: one
chain for particulate solids, and one chain for the drying gas. The evolution of particulate solids
distribution over its chain is describes with the matrix of transition probabilities, which is state
dependent and varies with time. The heat and mass transfer between adjacent cells of the both
chains is describes with the common relations of heat and mass transfer. The model allows pre-
dicting the drying kinetics if the coefficients of heat and mass transfer are known. The correla-
tions to calculate the drag force coefficient, Nusselt and Sherwood numbers, the coefficients of
shrinkage and of diffusivity were borrowed from literature. The model was validated at the lab
scale fluidized bed dryer with the conical shape of reactor. A good agreement between obtained

experimental and calculated results is achieved.

Key words: fluidization, Markov chain, state vector, matrix of transition probabilities, drying, moisture

content, kinetics

1. INTRODUCTION

Fluidized bed reactors are widely used for
thermal and chemical treatment of particulate solids
in many industries. In particular, they found broad
application in the food industry for drying fruits and
vegetables for their preservation. Fruit and vegetables
are porous and high moisture containing food prod-
ucts that leads to some specific features in the drying
process operation. The point is that properties of such
particulate solids change strongly during the process
that changes the fluidized bed hydrodynamics, and, in
turn, the conditions of particles treatment. If the prop-
erties of particles are constant, the transient process of
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fluidization is very short but if they continuously vary
the transient process lasts during all operating time of
particles treatment. It is obvious that this phenomenon
is to be taken into consideration if a predictive model
of the process is needed.

Fluidization process is commonly organized
in a cylindrical apparatus because of its more high
predictability. However, fluidization in conical (ta-
pered) vessels has several technological advantages
over cylindrical fluidized bed. The tapered form ex-
pands range of available operating air velocities. The
gas velocity distribution in the cross section of coni-
cal bed appeared to be uniform [1]. Intense particles
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circulation in such bed occurs due to angled walls.
Therefore, fluidization in conical vessels is character-
ized by more intense mixing of particles compared to
cylindrical reactors. The intense mixing depresses
solids segregation but the gas flow has less homoge-
nous structure due to variable cross section area. The
decrease of the gas velocity in the direction of gas
flow provides adequate fluidization of particles of
different size in poly-dispersed systems. Thus, not
only particulate solids properties change with time but
the superficial gas velocity and other hydrodynamic
conditions vary over the bed height that also is to be
taken into account [1, 2].

In simulation of tapered fluidized bed the
same approaches are used as those that form the basis
for modeling cylindrical beds. These computational
simulations are usually based on various combina-
tions of Lagrangian and Eulerian approaches [3]. In
particular, a discrete model (Lagrangian-Eulerian) to
predict particles motion in a pseudo-2D spout fluid-
ized bed and its experimental verification were pre-
sented in the paper [4]. The Eulerian-Eulerian ap-
proach was successfully used in [5] to describe dy-
namics of spouted beds with conical-cylindrical and
conical geometries. Actually, it can be noted that
there exist a lot of works devoted to fluidization tech-
nologies in cylindrical beds but small minority of re-
search projects were devoted to the tapered ones. Ad-
ditionally, the relevance of fluidization technology to
food processing is still at an early stage [6]. The de-
sign of such fluidized bed reactors are based mostly
on empirical basis, and modeling approaches based on
different length and time scales still require develop-
ment [3, 6].

According to our viewpoint the approach
based on the theory of Markov chains is one of the
most effective tools to model the process. This ap-
proach was first used in [7] to describe the process of
fluidization and then it was successfully used for simu-
lating of a wide range of processes in particle technol-
ogy [8, 9]. The present study has the main objective to
describe particulate solids drying in a tapered fluidized
bed on the basis of the Markov chains approach.

2. THEORY

The present study is the lodical continuation
of the approach developed in our previous work [10].
The computational scheme of the process is presented
schematically in Fig. 1.

It is a 1D model, in which the operating vol-
ume of reactor is divided into n perfectly mixed cells
in axial direction. The height of each cell is Ax = H/n
where H is the height of the reactor. The process is

observed at the discrete moments of time t, = (k-1)At
where At is the time step and k is the number of tran-
sition. Two parallel chains of cells are separated in the
operating volume. One of them belongs to particulate
solids, and another one belongs to the gas flow. Parti-
cles and gas can travel along their chains and ex-
change heat and mass according to corresponding
driving forces.

Particles Gas ¢
n\ 2\ — In
Rit L T
| o6 |2 ™ [a
t b ™
|8ee®| == =2 |
t—/l AQ; t
i Qe @ [/=——

Fig.1. Computational scheme of the process and its cell presenta-
tion
Puc. 1. PacueTHas cxema mporiecca U ee IpeCTaBIeHIE B BUIE
AYCCK

At no gas flow action the particles occupy
several bottom cells. Then the air flow begins to act
with the superficial velocity W, related to the empty
cross section of the reactor. The concentration of par-
ticles is high at this time, and the local velocity W; of
flow around particles is much higher than W, because
the voids between particles are rather small. If this
velocity is higher than the particle settling velocity,
particles begin ascending with the velocity V; = W;-V;
and occupy upper cells. Their concentration is getting
smaller, that leads to the decrease of W; and V; re-
spectively. Finally, at a certain level (in the h-th cell)
V; becomes equal to zero that corresponds to the up-
per level of the bed (if the equilibrium between W;
and V; is not reached in the cell n, the bed will be
blown out, and the stable bed cannot exist at such re-
gime). The transitions caused by interaction between
gas flow and particles can be called the convection
transitions. If the equilibrium is reached in the cell h,
the bed becomes “locked” at this level.

The particles volume content distribution over
the cells of the chain can be presented as the column
state vector S, = {S,i} where i = 1,2, n from the bed
bottom. Its evolution can be described by the non-
linear recurrent matrix equality:
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Spk+l - Ppk Spk, (1)
where P, is the matrix of transition probabilities that
depends itself on the current state vector, k is the

1-vy(Sf) —d d
) vi(Si) +d  1-v,(Shp) - 2d
Po(Sp) = 0 V,(S5,) +d
0 0

where v; = V,At/Ax is the convection transition proba-
bility caused by the gas-particle interaction, and d =
DAt/Ax? is the diffusion transition probabilities
caused by the particle-particle interaction and gas
flow turbulence (D is the dispersion coefficient). The
diffusion transition probabilities are supposed to be
symmetrical and have no influence of the bed expan-
sion that is completely defined by the convection
transitions. Thus, the key problem in making the
model suitable for engineering application is how to
determine V; and D.

The value of W; can be defined as the func-
tion of solids concentration obtained on the basis of
the computational scheme presented in our previous
work [10]:

W, W,

W = 0. - 0. , 3

i 2 2
3S )3 S . 3

1_ p. l' p.i
p( 4p j P (Ssmax,i j

where Spaxi IS the maximum possible content of parti-
cles in the i-th cell that can be easily defined experi-
mentally for the random packing of particles.

After the gas supply begins the value of W; is
decreasing and at last becomes equal to the particle
settling velocity V.. The settling velocity V can be
found from the following equation of particle equilib-
ria in the upstream flow:

myg = Cofypy V' 12, (4)
where m, is the particle mass, Cq is the drag force co-
efficient, f, is the particle cross section area, py is the
gas density. In order to calculate the velocity Vi it is
necessary to have a reliable fitting formula for the
drag force coefficient Cg.

The gas motion through its chain is described
by with the recurrent matrix equality:

Sgk+1 - ng Sgk+ ng, (5)
where Py is the matrix of transition probabilities for
gas (it contains the part of gas that transits from the
cell i to the cell (i+1) during At); Sgyis the column vec-
tor of gas volume content in the cells; Sy is the col-
umn vector of gas source (it contains the only non-
zero element if the gas comes only through the air
distributor).
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number of time transition of duration At. The matrix
P, has the following form:

0 0 |
d 0
o , (2
1-v4(Sks) - 2d d .
Va(Spa) +d  1-v,(Sy,) - 2d

The gas and particles motion along the chains
are described by equations (1) and (7). The exchange
of the mass and heat content between corresponding
cells of the chains during the k-th time step can be
described by the next balance equations:

Mup ™ = Pp(Mup" - ki *F**(Pus = PugYAL)  (6)
Mg = P (Mg + K *FX* (Dus Pug YAt M) (7)
Qo "'=Pp(Qp e F (T Tp') At -
— 1Ky *FX (M- Myg“)At) (8)
Qy™" = Py (Qy - @ *F** (T T,') At + Qg),  (9)
where M, is the state vector of moisture content in
solid; k, is the drying rate coefficient; F is the vector
of solid surface; pys is the vector of partial pressure of
water vapour on the surface of particle; py, is the vec-
tor of partial pressure of water vapour in gas; M, is
the vector of moisture content in gas, M, is the vector
of moisture source for gas; Qq is the vector of heat con-
tent for gas; Q, is the vector of heat content for parti-
cles (Q,= Tp,.*c.*p where c is the vector of heat capac-
ities of moist particles, p is the vector of densities of
moist particles; a is the vector of the local heat transfer
coefficients; Ty is the vector of gas temperature; T, is
the vector of solid temperature; r is the latent heat of
vaporization; Qs is the vector of heat source for gas.

The process of gas-solid mass exchange pro-
vides the changing of particles densities. The current
densities of particles is defined by the equation:

PX = (Myp+ppS,9)./S,,
where p, is the density of dry particles.

The moisture content distributions over the
chains are calculated as follows:

Xo= Mup“./(ppSp") (12)

ng= ngk-/(pgsgk)' (12)
where the dry gas density pg is calculated using the
gas state equation.

It must be noted that the dimensions of food
particles are changing strongly during drying that in-
fluences on their settling velocity. The shrinkage of
particles can be described on empirical basis.

(10)
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Identification of the model parameters
The formula for the drag force coefficient Cgq
was taken from our previous work [10]:

Cd(Rep,Ar)::—: Ar

p
The relationship for calculation of the effec-
tive moisture diffusivity of potato was borrowed from

the work [11]:
X T,
D=Dexp ( 70] exp ( ?"j ,

where Dg, X, and T, are the empirical parameters.
Dependence of saturated vapor pressure on
temperature (i.e., the elements of the vector p,s) was
used in the following form [11]:
B
In(pt.)=A-——,
n(pw5|) C+T;
where A = 16.377, B = 3878.82, C = 229.86 for water
vapor.

+ (13)
F{elp'96

(14)

(15)

The partial pressure of water vapor in the hu-
mid air (i.e., the elements of the vector p,,) was cal-
culated with the formula presented in [12]:

Pl =4.61ck, (273+T5)10°, (16)

where p¥,qi is the absolute humidity of air in the i-th
cell (g/cm”).

The following criterial correlations proposed
by Bird, R.B. et al. [13] were used to calculate the
transfer coefficients:

Nu=2.0+0.6Re “*Pr'® (17)
Sh=2.0+0.6Re,"*Sc** | (18)

where Re, is Reynolds number, Sc is Schmitt number,
Pr is Prandtl number.

The shrinkage of potato particles was calcu-
lated as the function of its moisture contents [14]:

V' = Va(1+BuX,), (19)
where V,, is the current volume of particle, V4 is the
volume of dry particle, B, is the shrinkage coefficient
(for potato B, = 0.625) [14].

3. MATERIALS AND METHODS

The drying experiments were carried out at a
lab scale batch conical fluidized bed dryer. The exper-
imental set-up is shown schematically in Fig. 2. The
main parts of the set-up are: the fan 1, the gas heater
2, the rotameter 3, the temperature and gas humidity
measuring system 4, the conical transparent reactor 5,
and the removable basket with the perforated gas dis-
tributor 6. The removable basket connected with per-
forated stainless gas distributor, is inserted into reac-
tor. This allows periodical removing the bed hold-up
to measure average moisture content in it. Heated air

was the drying agent. The potato cubes with the side
H, =5 mm were used as the test material. About 40+1 g
of potato cubes were placed into the basket and then
into the drying chamber and experiment started. The
air was supplied through the rotameter and heater be-
fore entering the chamber. The temperature and rela-
tive humidity measuring system is based on the digi-
tal hygrometer 1TV2605 and has four independent
sensors. The experiments were performed at the in-
flow gas temperature 40+2 °C.The sensors of the hy-
grometer were placed at 4 positions as it is shown in
Fig. 2.

Fig. 2. Schematic presentation of the experimental set up: 1 — fan,
2 — air heater, 3 — rotameter, 4 — digital hygrometer ITV2605,
5 — transparent reactor body, 6 — removable basket
Puc. 2. Cxema sKkcnieprIMEHTaIBHON YCTAHOBKH: 1 — BEHTHIIATOD,
2—BO3IyXOHArpeBaTelb, 3 — pacxogomep, 4 — HUPPOBOI THTPO-
meTp UTB 2605, 5 — nmpo3pauHblii KopIyc peakropa, 6 — cheMHast
KOp3HWHa

4. RESULTS AND DISCUSSION

Fig. 3. shows the comparison of calculated
and experimental data for evolution of the average
moisture content in the solid. It is necessary to note
that the drying kinetics is non-linear from the very
beginning of the process that means that the first and
second drying periods do not exist in their classical
form.

Fig. 4 shows the variation of the average flu-
idized bed expansion with drying time. At the very
beginning the bed height grows rapidly due to its
primary fluidization. At this period of time the prop-
erties of particles remain practically constant. Then
the slow growth of the bed height can be observed
that occurs due to the particle mass and size reduc-
tion during their thermal treatment. The latter leads
to the further increase of the bed height approxi-
mately two times as much.
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Fig. 3. Kinetics of potato cubes drying (line — calculation,
points — experiment)
Puc. 3. Kuneruka cymxku KapToQeIbHBIX KyOUKOB (JIMHHS — pac-
YeT, TOYKHU - SKCTIEPUMEHT)

40 45 50

0.].2 ' T | T ‘ T | T
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0

t, min
Fig. 4. Bed height versus time (line — calculation, points — exper-
iment)
Fig. 4. 3aBHCHMOCTH BBICOTBI KHITSILETO CJIOSI OT BPEMEHU
(sHUES — pacyeT, TOYKH - IKCIIEPUMEHT)

The shrinkage of particles was investigated in
this experiments too, and it was shown that the linear
correlation Eq.(19) describes the process rather well.
The average size of potato cube reduced from 5 mm at
the beginning to 3.2 mm at the end. It is obvious that
such deep decrease of particle size has a strong influ-
ence on its settling velocity and, in turn, on the bed
height.

Fig. 5 presents the kinetic of relative air hu-
midity variation at three different levels within the
fluidized bed. As it can be seen from this figure that
the high intense evaporation occurs at the bottom of
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the bed, and the air resources for drying are decreas-
ing at the upper regions. The air humidity does not
practically change over the bed height after 45 min
because the drying is almost ended.

55
50r
45

40F N\ B et

0, %

35r

30r

25+

20 | 1 i i i i
0 5 10 15 20 25 30 35 40 45 50
t, min

Fig. 5. Relative air humidity versus time at different levels of the
reactor (lines — calculation, points — experiment): 1 —0.015 m,
2-0.045m,3-0.075m
Puc. 5. OtHOCHTEBHAS BIAKHOCTH BO3/1yXa Kak (QyHKIHUS Bpe-
MCHH Ha pa3IMYHBIX YPOBHAX pEaKkTOpa (J'II/IHI/IH — pacyeT, TOYKH -
skcnepumMent). 1 — 0,015 m, 2-0,045 m, 3-0,075 m

5. CONCLUSIONS AND PERSPECTIVES

It is shown, both theoretically and experimen-
tally, that the deep variation of particulate solids prop-
erties can occur during its thermal treatment in fluid-
ized bed reactors. In particular, the particle mass can
change due to its drying, and the particle size can
change due to its shrinkage. This variation can consid-
erably change hydrodynamics of the bed that, in turn,
changes the conditions of heat and mass exchange be-
tween particles and gas. The bed expansion can grow
two times as much, and even more, and the particles
can be blown out of the reactor. This can be prevented
in a conical fluidized bed reactor that allows keeping
the particles with the operating zone at wider range of
their settling velocities. The efficient application of a
lab scale conical fluidized bed reactor for drying potato
cubes as a test material is demonstrated.
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